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HEAT AND MASS TRANSFER IN TWO-PHASE FLOW—
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Abstract—A mathematical model is presented for the vaporisation of liquid from a laminar film flowing
down the inside surface of a smooth tube into a countercurrent laminar flow of gas. The partial differential
equations that describe temperature and composition distributions are integrated across the tube to give a set
of four coupled ordinary differential equations. A numerical method for the solution of the equations is
proposed and examined; the method is posed to solve the transient response for heat and mass transfer. A
satisfactory solution is found for a range of space and time intervals. The mathematical model has been
validated by experimental measurements on a falling film evaporator with evaporation occurring at sub-
boiling temperatures from a laminar liquid film into a laminar gas stream. The performance of the evaporator
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NOMENCLATURE Se,
(1 — u At/Az); Sh,
uAt/Az; L
P; (1 — aAt) + P} aAr; T,
heat  capacity f(of  liquid  if [
unsubscripted); u,
tube diameter; W,
(1 — u,At/Az); Vs
molecular diffusivity; Z,

w,ALJAz;

function defined by equation (19);
function defined by equation (15);

S; {1 — pAr) + BALT,,

— el — T;) — n(P}; = DAL
acceleration due to gravity;

{1 —w,At/Az);

heat transfer coefficient;

mass transfer coefficient;

uAtjAz;

interface temperature;

thermal conductivity ;

T; {1 — yAt — 8An) + yAtT,, + 81; At
tube length;

mk LA4W C);

D, L/(ugd?);

mass flux;

Nusselt number, hd/k;

gas phase partial pressure of diffusing
component;

partial pressure of diffusing component
at gas-liquid interface;

Prandtl group, Cu/k;

radial co-ordinate;

radius of tube;

gas constant;

Reynolds number, dup/u;

liquid temperature;

Nil

Schmidt group, p/pD,,;

Sherwood group h,d/D,,;

time;

temperature, gas phase temperature;
absolute temperature;

velocity;

mass rate of fluid flow in tube;
transverse co-ordinate;

axial co-ordinate, measured from bot-
tom of tube.

Greek symbols

o,

B,
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4yh,/d;

h,/(6pC);

ah {1 = Y)/(dp,Cy);

volumetric flow rate of liquid down unit
periphery of tube,

film thickness;

difference ;

hy/(8pC);

ho/(BpCRGT,):;

4gy/(dp,Cy);

latent heat of vaporisation;
viscosity;

density;

flux of heat;

wetted fraction of tube perimeter.

absolute temperature;
gas or gas at outlet;
inlet:

liquid;

mass;

surface;

wall.
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INTRODUCTION

DURING the past several years heat transfer to single
component mixtures of liquid and vapour rising in tubes
in two-phase flow has been an important research
study mainly because of applications to boiling sys-
tems, including thermonuclear systems. An account of
much of this work has been given by Collier [1].

The vaporisation of a liquid into an inert gas stream
has not received as much attention, even though there
are applications of heat transfer where the presence of
an inert gas, for example, may be a very important
factor in determining heat transfer rates. Thus distil-
lation of a volatile component from a mixture with
involatiles by treating the mixture with a flow of heated
inert gas may be a very suitable method of separation
particularly when the volatile component is heat-
sensitive. Another application where there may be
problems with heat-sensitive materials is found in
production gas chromatography. In this method of
separation, components to be separated are mixed
with, or vaporised into, an inert carrier gas before
passing into the separation column. Heat-sensitive
liquids may be vaporised into the gas streams at
temperatures that are low enough to avoid significant
thermal degradation [2].

In the falling-film vaporiser, liquid to be vaporised
flows down the inside of a vertical cylindrical tube in
the same direction as, or in the opposite direction to,
the stream of inert gas. Heat is transferred to the
vaporising liquid by, for example, condensing steam on
the outside of the tube.

A mathematical mode! for heat and mass transfer from
a falling film to a stream of inert gas in countercurrent
flow is formulated. The expression of the mathematical
model in a form suitable for numerical solution is
described, and the operating characteristics of the
numerical method are discussed.

The model is formulated for gas and liquid in
countercurrent flow. In cocurrent flow a simpler
method or the same method may be used.

THEORY

At steady state heat is transferred from the heated
wall to liquid flowing down the inside surface of a
vertical tube as shown in Fig. 1. Liquid is evaporated at
the liquid surface into the gas phase, and there is heat
exchange between gas and liquid. When flow is
laminar in both phases equations for the conservation
of momentum for each phase include the known
physical properties of density and viscosity, while the
equations for conservation of heat and mass include
known densities and heat capacities in addition. The
set of partial differential equations includes derivatives
with respect to the axial coordinate and the tube radial
coordinate. The equations are defined by a set of
boundary conditions and in countercurrent flow the
inlet conditions for gas and liquid are defined at the
opposite ends of the tube.

The non-linearity of the equations arises mainly
from the strongly non-linear dependence of vapour
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F1G. 1. Diagram of evaporator.

pressure upon temperature. Thus at the gas-liquid
interface vaporisation takes place at the temperature of
the interface, so that the vapour pressure is equal to the
saturation pressure at the interface temperature. The
non-linearity combined with the boundary-value na-
ture of the process equations thus poses a major
problem in demands of computational time and store.
However, a significant reduction in computational
scale arises from a physical analysis based upon the
small thickness of the film.

Heat transmission through the liquid film

Consider a thin film of liquid in laminar motion
flowing down the smooth inside surface of a round,
vertical tube. Gas also in laminar motion flows
countercurrent to the liquid, and the tube wall is held
at a constant temperature above the entrance tempera-
tures of both gas and liquid.

Liquid motion is taken to be free from wave motion
and other disturbances at the inlet, the thickness of the
film is small compared to the tube radius, and
mterfacial shear due to gas motion is sufficiently small
to be neglected. The mass flow of liquid flowing down
unit periphery of the tube is to be found on integration
of the velocity distribution. It is

2,583
r_29 (1)
3u

As the film is thin, axial conduction may be neglec-
ted in comparison with transverse conduction through
the film. The differential equation for conservation of
thermal energy in the fluid element of Fig. 1 is

a7 ar
k——s = el
oy? upC 0z 2)

This equation may be integrated with the aid of the
observation that 8T/éz does not vary significantly over
the thin film except over a very short entrance section
at the top of the column to give

(&) G)reE) o

where (0T,/dz) is the average value of the axial
temperature gradient for the film.
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It is convenient to introduce ¢,, as the heat flux at
the wall of the tube. Since the liquid phase is thin and
T, is its mean mixed temperature, the gradient at
the wall (6T/dy), is closely approximated by 2(T,, —
T /6, so that to the same degree of approximation,
using equation (1),

KT, — T, 8k3p2g\'7
g = 201D (BPa) g g,
o 3ull
or
¢ =hT,—T) “4)
where the heat transfer coefficient 4 is given by
8k3p2g\!/3
e (EP9Y T )
3ul’

Heat transfer to the gas phase

For gas in laminar motion in a round tube with
axially symmetric boundary conditions, the partial
differential equation describing the transport of heat is

k 19 ra—T +k 62_T
E\r or or £ 922
r? oT
—2ug<1—p>p,cgg=o ©)

where p, is the density and C, is the specific heat of the
gas, and

is the velocity profile. The boundary conditions are
T,= T,atr = R — J, the interface (7
and

6& =0atr=0.
or
Graetz [3] neglected 6>T/dz% in equation (6) and

solved the equation for the condition of fixed tempera-
ture at the surface of a cylindrical tube. His solution
gave the “mixing cup” temperature in the form of an
infinite series when the surface temperature was zero
forz < 0,and T,forz > 0

T, — Ty
=1-8F 8
T () (®)

where T;, T, and T, are the inlet, outlet and surface
temperatures respectively and F(n,) is the convergent

infinite series
F(n,) = 0.10238 ¢~ 14:627m
+0.0122e78%22m 4 000237 e~ 212" . (9)

Here n, is the dimensionless group nk L/4W,C,, where
W, is the mass flow rate of gas in the tube, and Lis the
tube length.

It is convenient in the present work to use a heat

transfer coefficient for the whole tube based upon an
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average temperature difference. The use of a logarith-
mic mean temperature difference is not correct in the
usual form because of the variation of the heat transfer
coefficient with z. The logarithmic mean temperature
difference is also very sensitive to the fluid temperature
when close to the surface temperature. The heat
transfer coefficient based upon the arithmetic average
of the inlet and outlet temperature differences does not
show this undesirable sensitivity. In terms of the
Graetz solution the coefficient has the form [4]

hd 2W,C, 1 —8F(n,)
k, mk,L 1+8F(n,)

(10)

8

Mass transfer to the gas phase
The analogous relationships between heat and mass
transfer may be expressed [5] in the form
Nu = f(Re" Pr)
Sh = f(Re - Sc)
so that if the relationship between the Nusselt, Re-
ynolds and Prandtl groups is given by equation (10),
the analogous relationship for mass transfer is
hod  2nd*ug 1 — 8F(n,)
D, 4rnD.L 1+ 8F(n,)

(1

where F(n,) is the infinite series of equation (9) and n,
is the dimensionless group

|/ nd?
TIDmL/ (4 T ug>,

In terms of dimensionless groups equation (11) may
be expressed

1- 8F(n2)> 12)

1
Sh =5 ReSc(d/L) <1 TsFe))

The equations of conservation for heat and mass

By integrating over the transverse dimension, and
establishing transfer coefficients, the dimensionality of
the differential equations has been reduced so that the
equations of conservation at steady state may be
expressed as three simultaneous ordinary differential
equations. However, in countercurrent flow the inlet
conditions of gas and liquid are given at opposite ends
of the tube, and as such boundary conditions give rise
to difficulty in computation when the equations are
not linear, the equations of conservation are expressed
in transient form. The transient equations still retain
the same boundary conditions, but start from initial
conditions that are fixed for both gas and liquid over
the whole length of the tube.

The equations are given in reduced form below:

Conservation of heat for the liquid phase

0z

WT, - T,) - TpC——=— h(T, - T,)

oT,
ot

- RG_T(pS - Pg) = épC (13)
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The first term represents heat transfer from the wall
to the liquid, the second is the change in heat content of
the liquid due to the axial temperature gradient, the
third is heat transferred from liquid to gas and in the
fourth term A4 is the latent heat of vaporisation so that
this term represents the thermal requirement for
vaporisation. The sum of the thermal energy terms
then gives the change of liquid-phase enthalpy with
time as shown on the RHS of equation (13). ¥ is
defined as the ratio of wetted to total tube periphery
and is introduced to allow for partial wetting of the
tube.

Conservation of heat for the gas phase
h(Ty, — T (1 = ¥) + ho(T, — Ty

doT, d oT,
- ugnggZ a—; = Zngga—:. (14)

The first term represents heat transferred directly
from the unwetted wall to the gas, the second repre-
sents heat transferred from liquid phase to the gas, the
third term is the enthalpy change due to the axial
temperature gradient and the RHS is the change of
gas-phase enthalpy with time.

Conservation of mass for the gas phase

d op, d aop,

hm(Ps—P)‘I/"ugZ 6~g=4 ot :

(15)

As the rate of vaporisation in the experiments was
much less than the liquid flowrate a separate con-
servation equation for the liquid phase was not
necessary.

The initial conditions define the liquid and gas phase
temperatures along the length of the tube at t = 0, viz.
T, = T, T, = T, p = 0. The boundary conditions are

T,=T, atz=0,
T,=T, atz=1L, (16)
and p=0 atz=0.

One further necessary condition is to define p, in
equation (15). The pressure p, is the partial pressure of
liquid at the interface, that is to say the saturation
pressure of liquid at the interface temperature T,. The
interface temperature is not explicit in the equations,
but may be found from the wall and liquid tempera-
tures during the course of the computation.

THE NUMERICAL METHOD

In the numerical method first order derivatives are
replaced by suitable finite difference forms. The de-
rivatives may be represented by forward, backward or
central differences approximations, and in addition,
space derivatives may be defined at known or un-
known points in time. To avoid stringent restrictions on
the length of the time step it was decided to use an
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implicit method. The column was divided into axial
segments of the length Az. If the subscript j denotes
position and the subscript i denotes time, the de-
rivatives in equations (13)-(15) may be expressed by
the following finite difference approximations:

ﬂ T‘+1,i+1 - Tj.i+1

8 = J
dz Az
where T is the gas temperature,
de - Sj,i+1 - SjAl.iﬂ
dz Az
where S is the liquid temperature,
d_P= Pj+1,i+1 - Pj,i+1
‘ dz Az 17)
where P is the partial pressure in the
gas phase,
ijIE _ Tj,i+1 -1,
dt At ’
dTﬂ. = Sj‘i+l - Sj.i
de At ’
d_P= Pj,i+1 “Pj,i
dt At

If the approximations are now substituted into equa-
tions (13)—(15), three sets of finite difference equations
are obtained, one set corresponding to each equation.
Terms other than those corresponding to equations
(17) are defined at the known time level i.

Thus on setting 4 = 1 — u,At/Az, B = u,At/Az,and
C; = P; {1 — aAt) + P}oaAt, where P}, is the
saturation vapour pressure at the jth node and ith time
level and o = 4yrh,/d, the following matrix equation is
obtained from equation (15):

_-B 0 0 0 0— 7)2‘“.1— r_cl _Apl,i+1—
ABOO ---0 Py ¢
0 ABO 0 : =|:
000 -4 B||[P,+: C,

(18)

The matrix of coefficients is lower bidiagonal, and the
equation may be solved by successive substitution
starting from the first row. P, ,, ,, the partial pressure
of the vaporising component in the gas phase at its
inlet, is a boundary condition.

IfD =1 —uAt/Az, E = uAt/Azand F; = §; (1 —
BAt) + BAtT, — eAtl;; — T;;) — n(P};, — P )At
where the liquid phase velocity u, = T'/(ndd), B =
hy/(3pC), & = hy/(6pC),n = h,A[(0pCRGT,),and I, is
the interface temperature, equation (25) after finite
difference substitution takes the upper bidiagonal
matrix form
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[EDO O (ﬂ El,Hl 7] _Fz ]

0OEDO 0| |8 F,

00 ED - 0 : =|:

(000 < E| [Syrinr| | F, - DS, |
(19)

Since the matrix of coefficients is upper bidiagonal, the
equation may be solved by back substitution, starting
from the last row. S, ;. ,, the temperature of the liquid
phase at its inlet, is a boundary condition.

The third matrix equation may be obtained from
equation (22) by setting G = | — uAt/Az, H =
uAt/Az and K; = T; (1 — yAt — 0Ar) + yAtT, +
01; At, where y = 4h (1 — ¥)/(dp,C,) and 8§ =
dph /dp,C,). Tt is

[HO O - 0] '—T’l.H}—] I—K: —GTx.:'::]
GHO 0 [Ty | | Ky
0 GH: -0 : =|: (20)
0006 H|Tu | [Kis

The matrix of coefficients is lower bidiagonal in form,
so that the equation may be solved by forward
substitution starting from the first row. T, ,, the
temperature of the gas at inlet, is a boundary
condition.

The numerical method is implicit. However the
relationship between the saturated vapour pressure
and temperature at the interface is so highly non-
linear, that an extended implicit scheme would require
nested iterations at each time step. The alternative
explicit method would be subject to the well-known
constraints on time and length intervals, but more
severe because of the nature of the non-linearity. The
method described above is free from the requirement of
iteration because the non-linearity is defined at the
known time level, while the matrix equations may be
solved by efficient recursion formulas because of the
bidiagonal forms of the coefficient matrices.

Estimation of the interface temperature

An estimate of the interface temperature is required
to advance the computation to the next time step, so
that it was particularly necessary to generate an
accurate estimate of this important variable at each
time step.

At the top of the tube, the point of liquid entry, it was
expected that the interface temperature would be close
to the liquid temperature, while in the major part of the
tube the temperature distribution should be closely
linear, so that the wall temperature and the average
liquid temperature are sufficient to determine the
interface temperature. Temperature distributions at
liquid inlet and in the major part of the tube are
illustrated in Fig. 2. The interface temperature is
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FiG. 2. Tllustration of temperature and pressure distributions
in evaporator. T, P, : profiles in major part of tube, T, P, :
profiles at liquid inlet.

defined in terms of the wall and liquid temperature in
the linear region by the equation

T,=2T, - T.. @1)

Two consistent expressions were used for the esti-
mation of interface temperatures during the com-
putations. Equation (22) employed weighting factors

Ts = TEC—S(L—Z)/L + (2Tz _ Tw)(l . e—8(L—z)/L)
22)

The weighting factors e "84~ 2L and (1 — e~ 8L~k
ensured that the interface temperature was similar to
the liquid temperature at the top of the tube where z
was close to L, while in the major part of the tube the
interface temperature was given by equation (21).
The second method of estimation was less time
consuming and as the calculated distributions of
temperature and pressure were almost identical for
both methods, the second method was adopted. In the
second method starting from the base of the tube, 27,
— T, was compared with T, ;if 2T, — T, > T, T, was
setto 2T, — T,. When 2T, — T, < T,,but T, < T,, T|
was set to the same value as that just calculated in the
segment below, while if 2T, — T, < T,and T, > T,,
the interface temperature was set to T,. This method
gave satisfactory and consistent estimates of interface
temperature for all hot and cold liquid entries and
combinations of flow rates and gas inlet temperatures.
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F1G. 3. Stability boundaries for numerical computation.

Characteristics of the numerical solution

A series of numerical experiments was carried out to
examine the range of validity of the numerical solution.
For a given increment of tube length Az, the time
interval was varied and the solution integrated from a
given set of initial conditions forward in time until the
temperature and partial pressure distributions became
steady. For some combinations of time and distance
intervals, the temperature and pressure distribution
did not converge to the independent conditions, but
oscillated and showed unstable behaviour. The range
of stable and unstable behaviour isillustrated in Fig. 3;
it may be seen that when Az is small a stable solution
may be obtained for a wide range of At Stable
solutions may also be obtained when Az is significantly
Jarger, but the range of At for stability is much smaller.

EXPERIMENTAL VERIFICATION OF THE MODEL

The mathematical model for heat transfer in laminar
film flow is a model without disposable parameters
when the tube is fully wetted. As a fully-wetted tube is
desirable to vaporise liquid, the experimental pro-
gramme of heat transfer measurements was carried out
for a range of two-phase flows at liquid rates that were
sufficiently high to completely wet the tube surface.
Heat transfer was measured for both single-phase flow
and two-phase countercurrent flow of gas and liquid.

Experimental arrangement

A detailed drawing of the falling film evaporator is
shown in Fig, 4. The evaporator tube was constructed
from copper, 5ft 10in. long, 1/2in. LD. and 19/32in.
O.D. The upper end of the tube was bevelled to a
sharp edge and carefully honed so that liquid distri-
bution was uniform around the periphery of the tube.
The tube was carefully adjusted to give good vertical
alignment and the lower end was serrated so that

liquid distribution could be observed from the points
of the serrations. Liquid entered the glass T at the top
of the evaporator by means of 1/4 in. copper pipe in the
bottom flange; a thermocouple was placed just below
the top of the tube to measure liquid inlet temperature.
A second thermocouple was placed on the axis of the
evaporator tube at the top of the heated section to
measure the gas exit temperature. At the base of the
evaporator liquid overflowed and gas entered through
1/2 in. copper lines. A thermocouple was placed in this
section to measure the entry temperature of the gas.

A flow diagram of the apparatus is shown in Fig, 5.
The carrier gas, nitrogen, was metered and passed
through a preheater consisting of 19ft of 1/2in.
stainless steel pipe wrapped with nichrome wire and
insulation. The current in the nichrome wire was
controlled by a variac to give the desired gas tempera-
ture before entering the evaporator.

On leaving the evaporator, vapour was stripped
from the gas by a water-cooled condenser followed by
absorption columns containing polyethylene glycol
supported on packing. Clean carrier gas was com-
pressed and recycled. The absorption columns could
be by-passed during start-up, or when no liquid feed
was introduced.

Geraniol liquid feed was metered by a calibrated
gear pump, and heated by an electrical preheater that
contained 5 ft of 1/4 in. dia copper tube. The tempera-
ture of the liquid leaving the base of the evaporator was
reduced by heat exchange before recycling to minimise
losses due to vaporisation.

Steam from the laboratory supply passed through a
condensate separator connected to a float trap, and
through a strainer before pressure reduction. The low
pressure side of the reducer was connected to a second
float trap to ensure that only dry steam entered the
jacket.

The iron—constantan thermocouples used were cal-
ibrated against NPL certificated thermometers,
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Experimental procedure

The system was started up and left running over-
night to attain steady state.

The condensate was collected when the gas alone
passed through the evaporator and measured at
intervals of 5-10 min. The gas inlet and outlet tem-
peratures were recorded on a strip chart.

The liquid preheater and feed pump were then
switched on and set to predetermined conditions. The
overflow valve connected to the bottom chamber was

SO

45 fome

Nusselt number

| 1 i ]
008 003 010 Of

]
o112

| 1
013 014

set to monitor a constant liquid level in the bottom
chamber so as to maintain a liquid seal, and prevent
flooding of the evaporator tube.

The liquid temperature was monitored con-
tinuously and when constant for 15-20 min, gas and
liquid temperature were noted and several condensate
measurements were made. At the end of a run the
liquid feed pump was switched off.

After 8 h operation the absorption columns were
interchanged and the used one was purged by passing

1 H ] 1 1 i

| I
G152 0186 017 018 018 020 02t 022

Dimensionless group, N,

FiG. 6. Plot of Nusselt number against dimensionless group N,, for single-phase flow. Points are
experimental, curve theoretical,



Heat and mass transfer in two-phase flow

nitrogen at 10 psig through the column at 175°C. The
nitrogen was vented after passing through a trap. The
column could then be used again.

COMPARISON OF EXPERIMENTAL RESULTS WITH
THEORY FOR SINGLE PHASE FLOW
The experimental value of the gas phase heat
transfer coefficient was calculated from experimental
measurements by use of the equation

. W,C(T, — T,)
* " ndL[(T, - T + (T, - T,)}2

so that the experimental value of the Nusselt group
could be calculated as hd/k,.

The theoretical value of the Nusselt group was
calculated from equation (10). The physical properties
of the gas were estimated at the arithmetic average of
gas inlet and outlet temperatures as it was found that
the value of the group was insensitive to small changes
in gas temperature.

The comparison between experiment and theory is
shown in Fig. 6, in which the Nusselt group is plotted
against the group n, = nk,L/(4W,C,) with individual
experimental points shown, and the theoretical equa-
tion shown as a full line.

Agreement between experiment and theory is close,
generally within 10%, although most of the experimen-
tal points lie below the theoretical line. The use of an
arithmetic average temperature difference, although
more satisfactory than logarithmic mean temperature
differences, is not strictly correct because of the change
of heat transfer coefficient along the tube. A procedure
that is free from the use of assumed average tempera-
ture differences is simply to compare the temperature
rise measured in experiment, with the rise calculated
from equation (8). The comparison is shown in Fig. 7,
where the much closer agreement is very good evidence
of the quality of the model for single phase flow.

(23)

80

70

a0j-
e

Experimental temperature rise,

.
10 /
| ! I
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Since the mechanism of heat transfer to the gas
phase is the same in both the single-phase analysis of
Graetz and the two-phase model considered here, Fig.
7 verifies a fundamental part of the model for two-
phase flow.

COMPARISON OF EXPERIMENTAL RESULTS WITH
THEORY FOR TWO-PHASE FLOW

Visual inspection of the end of the tube showed
liquid leaving the serrations in a uniform manner so
that there was no experimental evidence of dry spots in
the tube. The rate of liquid flow was above the value of
minimum wetting rate as estimated from the cor-
relation of Norman and Mclntyre [1], and a value of
i =1 in the experimental model gave the best agreement
between theory and experiment when s was varied in
the computer program. For these reasons the tube was
taken to be fully wetted, and ¢ was set to 1 in the
computation of the model.

The physical properties of liquid and gas used
explicitly in the model, 1e. density, viscosity and
thermal conductivity of the phases, showed some
variations along the tube because of the change in
temperature. However, some numerical calculations
incorporating these variations gave predicted tempera-
ture distributions which differed by less than normal
experimental variation from calculations using the
physical properties evaluated at the arithmetic average
of the appropriate phase temperatures along the tube.
The arithmetic average procedure was therefore used
in all numerical calculations.

Geraniol was the heat sensitive liquid chosen for the
experimental programme because it is desirable that
any phase separations involving geraniol and its
isomer nerol should be carried out at temperatures no
greater than 130-150°C, much lower than the boiling
point at 229°C. In consequence the maximum steam
temperature was set at 130°C so that no significant
thermal degradation took place.

7
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F1G. 7. Experimental vs theoretical temperature rise in gas for single-phase flow.
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F1G. 8. Experimental vs theoretical temperature rise in gas for two-phase flow.

The vapour pressure of the geraniol was calculated
from the interface temperature for each space incre-
ment by use of the equation

497 x 10°
T,

a

382 x 10° 339 x 10°) |
- T )[760 24

P*/atm. = exp (9.2 +

an equation that can be fitted to the available vapour
pressure data.

Although an effective heat transfer coefficient for
two-phase flow could have been calculated, a more
direct assessment of the quality of the model, as the
comparison for single-phase heat transfer shows, is
given by a comparison of gas-phase temperature rise
measured in experiment with that found from theory.
This comparison is shown in Fig. 8.
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The calculated gas temperature was the one para-
meter which was extremely sensitive to the estimate of
the interface temperature used in the model. In helping
to establish the validity of the model Fig. 8 particularly
demonstrates that the method of estimation was
satisfactory.

The five groups of points correspond to different
values of the gas inlet temperature which was varied in
20°C stages. A straight line provides an excellent fit to
the data whose scatter about the line is independent of
temperature rise. The slope of the best fit line, at 1.12,
deviates further from unity than in single phase flow
(Fig. 6), as might be expected with the greater number
of model assumptions and greater scope for experi-
mental variation in the two-phase case. However for the
single-phase case agreement between experimental
and theoretical temperatures was substantially com-
plete without any indication that the experimental

| . L
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|
250 300 350 400 450

Theoretical heat input /0.5278, W

F16. 9. Experimental vs theoretical heat inputs for two-phase flow.
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temperature rise was greater than theoretical.

Another check on the quality of the model was
obtained by comparing the experimental and pre-
dicted heat inputs. The experimental heat input was
the heat given up by the steam condensate less
atmospheric losses. The losses were obtained from the
corresponding blank (single phase) runs under the
same conditions by subtracting the heat gain by the
flowing gas from the heat loss by the condensate. The
predicted heat input was calculated from the gas and
liquid temperature rise and the heat needed for
vaporisation. The two heats are plotted against each
other in Fig. 9. The slope of the best fitting line is 1.11,
in very close agreement with the best fitted line for the
gas temperatures. Gas temperatures for two-phase
heating are about 10% higher than calculated for
theory, but in substantial agreement with theory for
single-phase heating.

One possible reason for the difference between
experiment and theory might be the validity of the
Graetz equations when applied to two-phase flow, in
particular the boundary condition of fixed tempera-
ture and vapour pressure. However for the experiments
the thermal capacity of the flowing liquid was small
enough for the liquid surface temperature to approach
a steady value close to the tube temperature quite
rapidly. In most cases the interface temperature was
substantially constant for 90%, of the tube length, and
this finding, together with the results for single-phase
heating, suggests that the Graetz equation is not the
source of the difference.

The two independent methods of estimating the
interface temperature gave almost identical tempera-
ture and pressure profiles and therefore the differences
between experiment and theory shown in Figs. 8 and 9
are not thought to be due to the method of estimation.

There is some lack of reproducibility evident in the
scatter of the data and similar errors may have
occurred because of variations in steam quality, the
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difficulty in measuring a mean gas temperature with a
single thermocouple, or the assumed correspondence
between heat losses to the atmosphere in single and
two-phase flow.

There is, however, one possible small systematic
error that would be evident in two-phase flow but not
in single phase flow. Figure 4 shows that the ther-
mocouple measuring the exit gas temperature was
placed at the exit of the heated section, but that liquid
entered the tube some 3—4 in. above the thermocouple.
This length was then available for heat exchange
between gas and liquid so that the liquid temperature
when it reached the thermocouple level was greater
than the temperature of the liquid pool before entering.
Since liquid temperatures on entering were mainly
below the gas temperature on leaving, the effect of this
additional length is to give a higher gas temperature at
the thermocouple than would be predicted by the
model. The experimental configuration at that point
would preclude an accurate estimate of this correction,
but the order of magnitude and sign of the correction
are similar to differences shown in Fig. 8, and we
conclude that this experimental feature is the most
likely reason for the differences.

Bearing in mind this small error and other minor
uncertainties we may regard the agreement between
model and experiment as very satisfactory.

EFFECT OF OPERATING CONDITIONS ON
EVAPORATOR PERFORMANCE

The effect of liquid and gas flow rates and inlet
temperatures on the performance of the evaporator
may be deduced from the temperature and vapour
pressure profiles in the tube predicted by the model.
Profiles were computed for a variety of combinations
of flow rate and inlet conditions corresponding to
some of the operating parameters used in the experi-
mental study. Gas flow rates ranged from 10 to 25 dm?®
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min ~!, gas inlet temperatures from 50 to 130°C, liquid
flow rates from 30 to 70 cm® min~! and liquid inlet
temperatures frofh 40 to 100°C. Three of these profiles,
illustrating different conditions, are shown here in
Figs. 10-12. The main conclusions drawn from these
and other profiles, and confirmed, where appropriate,
by experimental data, are as follows.

The flow rate and inlet temperature of the gas have
little effect on the liquid temperature profile, provided
that flooding (liquid flow reversal) is avoided. (Flood-
ing occurred only at gas flow rates over 28 dm® min !
in conjunction with liquid flow rates of about 70 cm?
min ~!). Under all conditions studied the liquid exit
temperature is within 1°C of the wall temperature. Gas
flow rate is the major factor determining the vapour
pressure of the diffusing component achieved at the gas
exit. Under the conditions of Fig. 10 a rise in gas flow
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from 20.9 to 26.9dm?* min~?! produces a 13% fall in
vapour pressure. The only significant effect of a 40°C
reduction in gas inlet temperature from 110°C is to
decrease the gas outlet temperature by about 13°C
under the conditions of Fig. 11. Raising the liquid flow
rate from 30 to 70cm® min~! greatly increases the
thermal entrance length for liquid (about four times in
Fig. 12) and reduces the vapour pressure by a few per
cent but has little effect otherwise. Most surprising,
perhaps, is the lack of influence of the inlet temperature
of the liquid on performance. As illustrated in a
comparison of Figs. 11 and 12, the liquid entrance
length increases by about 70% as the liquid inlet
temperature goes from 40 to 100°C (wall temperature
constant 130°C), but there is little change in any exit
condition. This behaviour reflects the poor heat trans-
fer characteristics of the gas as compared with the
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F16. 12. Temperature and pressure profiles for conditions: T,; = 39.3°C, T,; = 111.3°C, liquid flow =
70 cm® min ™!, gasflow = 26.8 x 10% cm min ™ !. Interface temperatures are identical to liquid temperatures
except where shown by O.
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liquid film, and associated short thermal entrance
length for liquid. Partly for the same reason the region
of cold liquid at the top of the tube causes negligible
condensation of vapour. The largest fall in vapour
pressure observed, about 1%, occurs only under the
most extreme combination of conditions studied, viz.
with a liquid feed at the highest flow rate (70cm?
min ') and lowest temperature (40°C) (Fig. 12).

ASSESSMENT OF EVAPORATOR PERFORMANCE

The computed rate of vaporisation varies from a
minimum of 0.50 to a maximum of 0.84 cm?® min~!.
The maximum rate is achieved with the highest gas
flow rate (25 dm?® min '), highest gas inlet tempera-
ture (130°C) and highest liquid inlet temperature
studied (100°C) and the lowest liquid flow rate (30 cm®
min~'). The highest vapour pressure, however, is
attained with the lowest gas flow rate of 10 dm? min~?.
The vapour pressure is then 0.015 bar, corresponding
to a mole fraction of 0.0085. The gas at exit is only 47%
saturated, a fact reflected in the near-linearity of the
vapour pressure profile and the negligible conden-
sation of vapour in contact with cool liquid at the top
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of the tube. The low rate of evaporation is a con-
sequence of low saturation vapour pressure and low
rates of gaseous diffusion at the temperatures to which
the evaporator is restricted by the thermal lability of
the diffusing component (130-150°C for geraniol). To
give a close approach to the saturation vapour pressure
of 0.032 bar at 130°C with geraniol, the tube needs to
be about 4 m long. The tube length could be reduced
by employing several gas stream passes.

REFERENCES

1. J. G. Collier, Convective Boiling and Condensation.
McGraw-Hill, New York (1972).

2. J. R. Conder, Performance optimization for production
gas chromatography, Chromatographia 8, 60 (1975).

3. L. Graetz, Ann. Physik 25, 337 (1885).

4. W. H. McAdams, Heat Transmission p. 230. McGraw-
Hill, New York (1954).

5. D. J. Gunn, Transfer of heat or mass to particles in fixed
and fluidised beds, Int. J. Heat Mass Transfer 21, 467
(1978).

UN MODELE MATHEMATIQUE POUR L’ECOULEMENT EN FILM LAMINAIRE ET SA
VALIDATION EXPERIMENTALE

Résumé—On présente un modéle mathématique pour la vaporisation d’un liquide en écoulement laminaire
de film tombant le long de la surface interne d’un tube lisse 4 contre-courant d’un écoulement laminaire de
gaz. Les équations aux dérivées partielles qui décrivent les distributions de température et de composition
sont intégrées dans le tube pour donner un systéme de quatre équations différentielles ordinaires. Une
méthode numérique pour la résolution des équations est proposée et examinée ; la méthode est posée pour
obtenir la réponse transitoire du transfert de chaleur et de masse. Une solution satisfaisante est obtenue pour
un domaine spatial et temporel. Le modéle mathématique est validé par des mesures expérimentales sur un
évaporateur 4 film tombant avec des évaporations 4 des températures inférieures d la température
d’ébullition. La qualité de I’évaporateur est déterminée.

WARME- UND STOFFUBERGANG BEI ZWEIPHASENSTROMUNG EIN
MATHEMATISCHES MODELL DER LAMINAREN FILMSTROMUNG UND SEINE
EXPERIMENTELLE BESTATIGUNG

Zusammenfassung—Ein mathematisches Modell fiir die Verdampfung von Fliissigkeit aus einem laminaren
Film wird beschrieben. Der Film flieBt an der inneren Oberfliche eines glatten Rohres im Gegenstrom zu
einer laminaren Gasstr6mung herab. Die partiellen Differential-Gleichungen, die Verteilung von
Temperatur und Zusammensetzung beschreiben, werden tiber den Rohrquerschnitt integriert und ergeben
einen Satz von vier gekoppelten gewdhnlichen Differential-Gleichungen. Fin numerisches Verfahren zur
Losung der Gleichungen wird vorgeschlagen und iiberpriift; diese Methode wird zur Berechnung des
instationdren Wirme- und Stoffiibergangs angewandt. Fiir einen gewissen Bereich von Raum- und Zeit-
Intervallen ergibt sich eine befriedigende Losung. Das mathematische Modell konnte mit experimentellen
Messungen an einem Fall-Film-Verdampfer bestitigt werden, wobei die Verdampfung bei Temperaturen
unterhalb des Siedepunktes aus einem laminaren Fliissigkeitsfilm in einen laminaren Gasstrom stattfand.
Die Leistung des Verdampfers wird abgeschatzt.
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TEINO- U MACCOIEPEHOC INPHU ABYXPA3HOM TEYEHUHU. MATEMATHUHECKASA
MOJZEJIb TAMHWHAPHOI'O TUJIEHOYHOIO TEYEHWUA U EE DKCINEPUMEHTAJIBHASA
[TPOBEPKA

AnvoTauus -~ [IpeactasiieHd MareMaruaeckas MO/ UCIAPCHUS JIAMHHAPHOW MUIEHKH XMUJIKOCTH,
CTeKalolWel No BHYTPeHHEN NTOBEPXHOCTH I14/IkOH TPpyObl HABCTpedy JTaMHHAPDHOMY 11oToKy raza. Jdud-
deperumaibHbiEe YPABHEHHS B YACTHBIX IPOM3BO/IHDBIX, ONUCHIBAIOILINE PACTIPENIEIEHUS TEMIEPATYPhl U
COCTABA Cpeibl. OCPEAHAOTCA 110 CEYEHUIO TPYOBI [UIS MOJYYEHHS CHCTEMbl M3 4ETbIPEX B3AUMOCBS-
3aHHBIX OOBIKHOBEHHBIX AUD(EPEHIINAIbHBIX YPABHEHHH. [1PeAOKER U PACCMOTPEH YUCIIEHHbIH METON
pelEeHHs YpaBHEHHI, BLICKA3AHO [1PEAJIOKEHHE, YTO C €0 NOMOILbLIO MOXHO MOJIYMHTh PELIeHHe s
HECTALMOHAPHBIX MPOLECCOB TEILIO- M MaccornepeHoca. [10ayueHo yaoB/IeTBOPUTE IbHOE PELIEHHE OIS
LEJOI0 psila NPOCTPAHCTBEHHbIX U BpeMEHHbIX oOsiacTel. CnpaBeLIMBOCTL MAaTEMATHYECKOH MOaeNH
NOJATBEP)KACHA PE3YIbTATAMHU OMLITOB HAa YCTAHOBKE CO CTEKAtOLIEH IICHKOM. [e KHIKOCTb NIPH TEM-
MepaType HHXKE TOUKY KHITCHUS UCHAPAIIACh B JIAMHHAPHBIA MOTOK ra3a. JlaHa ougHka POH3BOAHTEb-
HOCTH TAKOH HCNAPUTESbHOW YCTAHOBKH.



